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Abstract: The fine chemical and pharmaceutical sectors are starting to advocate the use of flow chemistry due
to reasons such as EHS, environmental, efficiency, cost saving and regulatory compliance. The use of trickle
bed or fixed bed system could replace a batch autoclave typically used for hydrogenation reactions. However,
there are few studies which detail the process from laboratory proof of concept through design to commercial
realization. This study, using the production of 1,3-cyclohexanedione from catalytic hydrogenation of
resorcinol as a case study demonstrates how the laboratory-scale recycle trickle bed can be used for catalyst
screening and selection. Further, design data are generated by operation over a range of design superficial
velocities and operating pressure that are used to derive a design correlation that is then used to specify a single
stream plant at a level of definition consistent with a Preliminary Design for capital cost estimation. Finally,
the further actions required in terms of data generation to increase the level of definition and confidence to a
Sanction Grade or Final Design are discussed.

Keywords: flow chemistry; hydrogenation; resorcinol; continuous; recycle trickle bed; process
design

1. Introduction

The chemical industry has embraced continuous production for decades, primarily in the sectors
that produce one product on a large scale e.g. petrochemical and bulk chemicals such as ammonia
[1], sulfuric acid [2], sodium hydroxide and chlorine [3]. The pharmaceutical, fine and specialty
chemical sectors have been slower to implement continuous production, primarily due to the
requirement for one than one product on a smaller scale. However, the case for continuous
manufacture is very persuasive from an environmental and sustainable perceptive [4] and thus the
sectors are starting to advocate the use of flow chemistry due to reasons such as EHS, efficiency, cost
saving and regulatory compliance [5]. Regulatory approval of several pharmaceutical products
manufactured via continuous processes have been granted [6] such as Orkambi™ by Vertex in 2015,
Prezista™ by Janssen in 2016, Verzenio™ by Ely Lilly in 2017, and Symdeko™ by Vertex in 2018
along with substantial investment in continuous manufacture by major players in the pharmaceutical
industry. This has been accompanied by numerous publications detailing the advantages for flow in
chemical reactions [7-23]; along with several venders offering flow chemistry equipment at different
scales to facilitate the transition from laboratory scale to industrial realization [24-31]. The focus has
mainly been the reaction chemistry itself, but pre- and post- processing steps as well as process
analytical technology and data storage must also form part of the overall strategy in the shift from
batch to continuous operation.

Nevertheless. the requirement for quick manufacture of numerous products at various scales,
while maintaining quality and safety, remains [6]. This begs the question; can multiple products be
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made using the same equipment or utilizing the same footprint [32]? The consensus from industrial
practitioners is that not-one size fits all and that a modular approach should be employed [33].
However, the range of chemical transformations that is required in the pharmaceutical/fine chemical
sector is extensive and therefore, to exploit this fully, development of continuous flow chemistry
‘know-how’ is essential to understand the benefits and optimum routes for manufacture. Companies
will have varied experience in different chemical transformations so the move to continuous will
necessitate both in-house development and working closely with Contract Manufacturing
(Development) Organizations (CM(D)O) to realize other transformations via continuous routes [34].
Although there is a plethora of commercial reactors advocated for continuous processing, the wide
range of reaction conditions and different chemistries that can be involved means that investment in
this technology can be challenging for an industry which has historically, for several reasons, been
risk averse. These designs of reactors are “solutions looking for a problem” and thus, it is the reaction
chemistry which should dictate the design of the reactor system and accompanying associated
equipment [32,35].

The trickle bed represents the simplest continuous reactor concept for gas/liquid solid catalysed
reactions. By virtue of the packed bed it provides very high specific catalyst. Trickle bed catalysts are
typically extrudates or cylindrical, trilobe or quadrilobed shaped materials. They are randomly
packed into a single adiabatic reactor shell and operated in downflow mode for both the liquid
(generally the substrate) and the reactive gas. As such there are two important mass transfer
processes that may influence the observed reaction rate: from the gas into the liquid and the liquid
diffusion with the catalyst pore network. As a result, these trickle bed reactions can commonly be
rate limited by the gas-liquid mass transfer. Additionally, the catalyst extrudates will likely operate
at “pellet effectiveness” values significantly less than unity; 50% or thereabouts is a reasonable first
estimate. It is of course essential to take these transport limitations into account in addition to the
reaction kinetics in reactor design.

According to the gas and liquid mass velocities, a number of distinct flow regimes have been
identified, all with different mass transfer characteristics [36,37]. Unless detailed and validated
models are available to the designer for the mass transfer in the given system, the impact of flow rate
and flow regime needs to be established experimentally. Equally, the “pellet effectiveness” needs to
be established if the design is to be based on intrinsic kinetics [38].

Trickle beds have been in widespread use in the oil refining and petrochemical industries for
over 100 years where established testing, scale up and design methods are well established. The test
reactor, typically 10-40 mm in diameter and up to 1 metre in length is filled “full” catalyst
pellets/extrudate particles and the interstitial voids are filled with inert fine particles (say 50-100
micron SiC particles) [39,40]. This moves the packed voidage to a first approximation from 0.4 to 0.16.
The fine particles also dominate the structure of the two phase flow leading to an increase in liquid
hold up and thus longer liquid residence times [41]. This essentially allows the test reactor to be
operated at design liquid hourly space velocities and thus testing on a once through integral reactor
basis. Scale up and design is based on the arising data and, significantly, on prior knowledge
including kinetic and hydrodynamic models as well as data from existing units.

For trickle bed applications into the fine chemicals industry, it may become the norm that only
one or two units for a given reaction will ever be built. While hydrodynamic and mass transfer
models are widely available in the literature, reliable kinetic modes are likely to be unavailable and
prohibitively expensive to obtain in terms of elapsed time and the required experimental resource.
Therefore, to enable the wider exploitation of the trickle bed for flow chemistry in the fine chemicals
industry an alternative approach is needed.

There has been significant attention in the literature to so-called “micro-trickle beds”. These
are generally 2-5 mm diameter reactor tubes, say 300 mm in height and packed with catalyst powder
of diameter 10 — 250 micron. There is significant literature on their use, as heat exchanger reactors for
process intensification e.g. the series of studies by Bavykin and co-workers on benzyl alcohol
oxidation [42-44].  Furthermore, reproducible behaviour of these test reactors has been
demonstrated, provided that a consistent packing procedure is followed [45,46]. The hydrodynamics
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are dictated by the fine catalyst particles, as was the case for the conventional fines-diluted approach
discussed above. However, in oil and petrochemical applications the surface tension and wetting
angles of the liquid are incorporated in the design models, and in truth probably not that variable, in
fine chemicals applications changing solvent could significantly change these physical properties
with major impact on the hydrodynamics of the bed [47].

There are a number of reports on the scaling of data from commercially available micro-trickle
bed test units [48,49]. However, if scaling to a conventional, extrudate packed commercial reactor this
is fraught with uncertainty regarding the hydrodynamics, mass transfer and pellet effectiveness.
While these may not be ideal for generating design data, this type of reactor is however invaluable
for catalyst screening and establishing the preferred temperature and pressure design space and has
the benefit of requiring only relatively small volumes of substrate. An alternative approach to small
scale trickle bed testing is to run a small reactor, packed with extrudates (no fines) in recycle mode
with the liquid and mass velocities at full scale design rates (the order of 1-20 mm s). The first
detailed analysis of this approach was presented by Hickman et al. [50], although the concept does
seem to be somewhat older than this [51,52]. This has the benefits of allowing operation at design
velocities and thus full scale hydrodynamics and given the low pass conversion leads to, in reaction
kinetics measurement terminology [53], gradientless operation. That is to say, this reactor
configuration is inherently set up to measure extrinsic kinetic data (that includes both mass transport
and kinetic effects) which can be used directly into a design model.

The present authors have used this design configuration extensively to collect data not only
trickle beds [38] but also coated monoliths [38,54], a structured slurry bubble column [55,56] and
homogenously catalyst gas liquid reactions [57]. The same concept has equally been used, as
examples, to study scale up and design of trickle beds for wastewater denitrification [58], catalytic
wet air oxidation of bisphenol A [59] and the dehydrogenation of tetrahydrocarbazole [60]. This
paper reports for the first time how data from this laboratory reactor set up can be used directly to
develop a full preliminary plant design.

2. Materials and Methods

2.1. Reagents

The resorcinol feed stock was provided by Robinson Brothers Ltd. The sodium hydroxide used
was sodium hydroxide pellets 99.998% Product Number 480878 from Sigma Aldrich. The catalysts
were provided from Johnson Matthey’s Life Sciences Technologies Business, the details are provided
in Table 1.

Table 1. Features of commercial packed bed catalysts for hydrogenation of resorcinol.

Form Cylinder Pellet Extrudate Trilobe
Diameter 1.2 mm 3 mm 1-3 mm 2.5mm
Length 3-7 mm 3 mm 1-4 mm 2.8 mm
BET Surface Area 960 m? g1 130 m2 gt 1000 m? g1 110 m?2 g1
Metal content 2 wt. % Pd 5 wt. % Pd 0.4 wt.% Rh 22 wt. % Ni
Support Carbon Alumina Carbon Alumina

2.2. Experimental Reactor

The catalysts were tested in a laboratory scale loop reactor that has been described previously
for hydrogenation and oxidation reactions [38,54]. The reactor was designed for co-current downflow
operation, liquid recirculation, and continuous gas feed. The liquid reactant (300 cm?®) was introduced
into a receiver vessel. The liquid reactant was pumped from the receiver vessel to the reactor. The
liquid was introduced to the reactor using a spray nozzle to ensure a uniform flow distribution.
Hydrogen was introduced to the reactor where it could be mixed with the liquid spray before the
catalyst bed. The lines delivering liquid and gas reactants could be heated if appropriate. The reactor
tube was 25.4 mm i.d. stainless steel tubing used to house the catalyst pellets used for testing and
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designed to operate at high temperature (723 K) and high pressure (40 barg). A valve was
incorporated to allow depressurization of the reactor exit flow. This enabled easy gas-liquid
separation and sampling at atmospheric pressure. The liquid was recycled back to the receiver vessel
and the gas vented.

2.3. Charging the Reactor

The reactor was charged with catalyst (cylindrical, pellet. trilobe or extrudate). The trickle-bed
sample was packed in stages; 30 cm? of the sample was loaded, and the reactor was tapped until the
catalyst bed settled according to the procedure outlined by Al-Dahhan et al. [39] but without the
coaddition of fines.

2.4. Catalyst Activation

After charging the batch recycle reactor with catalyst, the system was purged with nitrogen.
Hydrogen was then passed over the catalyst at 250 cm?® min at a total pressure of 4 barg and the
sample was heated at 3 K min! to 393 K and left for 1 hour. For the nickel catalyst the temperature
was then raised at 3 K min to 723 K and left for 1 hour whilst maintaining hydrogen flow. The
samples were then cooled to reaction temperature in hydrogen.

2.5. Experimental Procedure

The liquid solution was made up as follows, resorcinol (127 g) was added to a solution of sodium
hydroxide pellets (54 g) dissolved in distilled water (194 g). This solution was then used to prewet
the catalyst for an hour. The solution was then discharged and a fresh solution (300 cm?®) was
introduced. The typical experimental conditions that were varied are shown in Table 2. Samples (2
cm?) were extracted at regular intervals during the course of the reaction.

Table 2. Experimental conditions used in hydrogenation of Resorcinol.

Catalyst Volume / Temperature / K Pressure / barg Liquid Gas:Liquid Ratio
cm® Superficial
Velocity / mm s
140 333 - 363 5-9 6-14 1:1

2.6. Analysis

From the samples extracted during the course of the experiment 1 cm?® was neutralized with 0.45
cm? of 37 wt.% HCI and was then mixed with acetone (2 cm3). The mixture of resorcinol and 1,3-
cyclohexanedione was extracted with acetone and analyzed by a Varian 3400 gas chromatograph
equipped with a flame ionization detector and a capillary column (Varian VF-5MS column 30m x
0.32mm 0.25micrometres film thickness).

3. Results

The experimental study initially tested a range of commercially available catalysts believed to
be suitable for this particular hydrogenation (Table 1). The reaction profile was used to infer key
mechanistic information required for reactor design. The selected catalyst was tested under a range
of temperature, mass velocity and pressure conditions to determine the preferred design conditions.
The data were then used to carry out a full scale reactor design and flowsheeting exercise leading to
a preliminary plant design.
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3.1. 1,3-Cyclohexanedione Formation

The experimental protolocol decribed in 2.4. minics the commerical procedure as it forms 1,3-
cycloexanedione in high yield and avoids significant byproduct formation e.g. 1,3-cyclohexanediol
[55,56]. The first step is the acid-base reaction between resorcinol and sodium hydroxide. The molar
ratio of sodium hydroxide to resorcinol is 1.18 which has been reported to be the optimium for
obtaining 1,3-cyclohexanediol in high yield [61]. The reaction occurs in basic aqueous solution as
described in Section 2.4. and proceeds via three steps as detailed in Scheme 1. The methodology is to
protect the two C=C bonds of the aryl group during the hydrogenation reaction. The second step is
the catalytic hydrogenation of the sodium salt of resorcinol which is the focus of this work. Finally,
the product obtained in the second step is reacted with hydrochloric acid and the final productis 1,3-
cyclohexanedione. It should be noted that 1,3-cyclohexanedione itself is unstable. It usually
deteriorates on exposure to air, can be stored only for a short time, and has a tendency to give self-
condensation products at higher temperatures in the presence of a catalyst.

OH O Na~
+NaOH ——= @ + H0
OH OH
resorcinol
O Na™ O Na~
+ H; —_—
OH [e]
O Na~

OH
+ HCl e (i + NaCl
o o
OH (¢
T~
o) o]

3-Hydroxy-cyclohex-2-enone Cyclohexane-1,3-dione

Scheme 1. Reaction scheme of hydrogenation of resorcinol to 1,3-cyclohexanedione.

3.2. Catalyst Screening: Rate of Reaction Over Catalysts

Figure 1 shows the hydrogenation of resorcinol over commercial Ni/ALOs catalyst extrudates as
a function of time. Total conversion of resorcinol was observed. The results indicate that the reaction
was zero order up to 80-85% conversion after which the rate tends to pseudo-first order, presumably
because the catalyst:substrate ratio becomes >1. This may be considered classical behaviour for a
substrate that absorbs stongly, but not sufficiently to cause substrate inhibition.
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Figure 1. Conversion of resorcinol over Ni/Al20s as a function of time. Conditions: temperature 353
K, pressure 7 barg, superficial liquid velocity 10 mm s-1, G/L volumetric ratio 1:1.

Table 3 shows the apparent rate of reaction for all catalysts studied. While the PGM catalysts
were far more effective on a specific rate per gram of metal, on a total mass or volumetric basis the
Ni/AL:Os was the most promising candidate as a fixed bed catalyst for resorcinol hydrogenation to
1,3-cyclohexanedione. These results indicate a reactor volume 5 times smaller than the best PGM
catalyst (Rh/C). Given the relative prices of the studied catalysts, reactor volume will dominate the
relative plant costs. The Ni/AL:Os catalysts is preferred from an operating (catalyst initial charge and
replacement) and capital (reactor size and cost) perspective.

Table 3. Comparison of apparent rates of catalysts tested for hydrogenation of resorcinol. Conditions;
temperature 353 K, pressure 7 barg, superficial liquid velocity 10 mm s, G/L volumetric ratio 1:1.

Catalyst Apparent Rate
mmol h'! gear? mmol h?! gmetar?! mmol h! mear?
2%Pd/C 3 147 15
5%Pd/Al2Os 14 68 16
0.4%Rh/C 6.6 1640 35
22%Ni/Al2Os 19 91 164
2%Pd/C 3 147 15

3.2. Reaction Parameters over Ni/Al2Os3 Catalyst

Figure 2 shows the zero order reaction rate for the hydrogenation of resorcinol over Ni/Al2O3
catalyst as a function of liquid superficial velocity. The rate of reaction increased as the superficial
velocity was increased from 7 mm s up to 14 mm s. It is expected that the trickle to pulse regime
transition for this catalyst would occur at around 10 mm s for this size and type of extrudate [62-64].
The experimental range thus spans the flow regime transition.
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Figure 2. Zero order apparent rate constant over Ni/Al2Os as a function of liquid superficial velocity.
Conditions: temperature 353 K, pressure 7 barg, G/L volumetric ratio 1:1.

Figure 3 shows the influence of pressure on the reaction rate. As would be expected for a reaction
of this type, the reaction rate shows a first order dependency on the hydrogen pressure. This is
consistent with the zero order interpretation of the earlier part of the reaction, and that the rate here
is in fact, probably transport limited.

Figure 4 shows an Arrhenius-type plot, natural logarithm of reaction rate against 1/T to
determine an activation energy for hydrogenation. The gradient of the line is -Ea.R", which gives rise
to an activation energy of 22 k] mol-l. This value of 22 k] mol! is quite low for hydrogenation and
would commonly be used to infer a mass transfer limitation. A low activation energy was observed
for this reaction in autoclave studies over a Rh/AL2Os catalyst [56]; whereas when the reaction was
perfomed in a more structured system (capillary flow) the value was higher indicating kinetic control
consistent with the high rates of mass transport and mixing for multiphase flow in more structured
reactors. This is consistent with the first order pressure dependency observed above.
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Figure 3. Zero Order Apparent Rate Constant over Ni/Al2Os as a function of hydrogen pressure.
Conditions: temperature 353 K, superficial liquid velocity 10 mm s, G/L volumetric ratio 1:1.
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Figure 4. Plot of natural log of reaction rate for reaction rate constant of resorcinol over Ni/Al:Os as a
function of 1/T. Conditions: pressure 5 barg, liquid superficial velocity 10 mm s, G/L volumetric ratio
1:1.

For the trickle-bed catalyst the rate shows a dependence on the superficial velocity, which
indicates the presence of significant mass-transfer resistance The observed reaction rate is, in fact,
controlled by the gas/liquid mass transfer. A detailed analysis of the mass transfer for a trickle bed in
a hydrognetaion recation was given in our previous paper [38] where the trickle-bed operation in
both trickle-flow and transition regimes was found to be mass-transfer controlled, with a pellet
effectiveness of 50% or above. The liquid flow regime is expected to be trickle flow at the lower liquid
superficial velocity and into the transition region at the higher liquid superficial velocity. This is an
indication that the reaction process in the trickle bed is substantially mass transport controlled but
significant reaction does occur within the pellet interior [38].

There was a significant impact of temperature on reaction selectivity; as noted earlier at higher
temperatures by-products were observed presumably self-condensation products from 1,3-
cyclohexanedione in the presence of a catalyst.

A multi-variate analysis of the experimental data can be completed to obtain a design correlation
for the zero-order portion the reaction below for which the fitting parity plot is shown in Figure 5.

02 2500,
Rate < U} .py, .e Tk
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Figure 5. Design Correlation for the Zero Order Reactor — Parity Plot.

4. Preliminary Plant Design

Analysis of the obtained products from the commercial Ni/Al2Os catalyst hydrogenation studies
indicated that the reaction selectivity was good with a high yield of 1,3-cyclohexanedione. The 1,3-
cyclohexanedione solid when isolated was of “good colour” and filtered very well. The yield was
noted as being comparable to that from autoclave studies carried out at Robinson Brothers Ltd on
sponge-metal catalyst (nickel) catalyst. Therefore, the trickle bed reactor was able to produce product
of quality at least comparable to that of the traditional autoclave.

4.1. Design Philosophy

A number of key observations from the experimental data influenced the reactor design strategy
for the industrial application:

e The selectivity and product quality decline significantly for isothermal run temperatures
significantly above 343 K. The by-products leading to poor yield and color were largely derived
from the product. The catalyst activity significantly below 333 K was low. The preferred design
temperature if 343 + 5 K is therefore specified.

e The enthalpy of reaction is estimated to be 105 k] mol! (exothermic) and there will be a
significant adiabatic temperature rise (ca. 80 K). Therefore, cooling must be provided to maintain
the temperature largely between 338 and 348 K. Trickle bed reactors themselves are of course
essentially adiabatic so the reactor flowsheeting must accommodate this. Adequate mass
transfer and reaction rates were obtained in the trickle bed under the selected process conditions;
more specifically across the range of liquid mass velocities.

e  The zero order behaviour below 85% conversion is fortuitous. This means the same resorcinol
reaction is obtained irrespective of its concentration. This affords a solution to the adiabatic
temperature rise issue. A first column can be designed to run with recycle to limit pass
conversion for the allowable temperature rise.

e A bleed from this recycle loop will be taken forward to a second, single pass column that will
take the reaction through to complete conversion, operating in the 1st order reaction rate domain.

4.1. Process Flowsheet

A process flowsheet and mass balance summary for a continuous hydrogenation resorcinol
plant that would produce 1,3-cyclohexanedione (2,000 Metric Tons per annum) with composition
suitable to a hydrogenation plant for resorcinol was designed using the information in Figures 1 to 4.
Liquid Hourly Space Velocities (LHSV’s) were estimated from the laboratory experiments described
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earlier, and the reactor catalyst volumes estimated from the flow rate determined from the plant mass
balance for the desired plant throughput. The flow diagram from the process flowsheet is shown in
Figure 6. The design is based on the reaction profile as shown in Figure 1, where the reaction at
concentrations corresponding to <80-85% conversion was substantially zero order in resorcinol, with
no observed inhibition from product adsorption. The majority of the reaction may, therefore, be
conducted in a single reactor (C100 in Figure 6) with product stream recycle. This reactor should
convert approximately 85% of the plant resorcinol feed. The recycle ratio should be selected to control
the per-pass temperature rise to within acceptable limits. A purge from the recycle should be then
fed to a second “polish” trickle bed (C200 in Figure 6) that will be used to hydrogenate the remaining
resorcinol (1t order reaction regime) in a single pass.

As noted above, there are two hydrogenation reactors; the first one (C100) is designed to convert
85% of resorcinol at 333 K at a nominal design pressure of 7 barg as described above. The second
reactor (C200) is designed to convert the remaining resorcinol at 333 K at a nominal design pressure
of 7 barg. The feed composition of resorcinol, sodium hydroxide and water are fed from a preparation
feed tank, which may be available from existent vessels. The feed preparation tank will require
moderate agitation and may require jacketing due to heat generation from addition of caustic to water
(not accounted for). The hydrogen gas is fed from a hydrogen storage vessel.

The starting liquid feed solution (S101) is introduced (S103) to the first hydrogenation reactor
(C100). The gas feed (S105) is introduced to the first hydrogenation reactor (C100). The liquid
hydrogenation products exit the reactor (5106). Any remaining gas that is not consumed (5202) is
passed to the second hydrogenation reactor (C200). The liquid feed (5106) is cooled via a heat
exchanger (E102). The majority of this liquid stream (S107) is recycled back (with a recycle ratio of
5:1) and mixed with the starting liquid stream (S108) and fed (S102) to the hydrogenation reactor
(C100). This recycle is necessary to mitigate the adiabatic temperature rise in the hydrogenation
reactor (C100) so that the exit stream (5106) is at a temperature of 343 K i.e. a 10 K exotherm in the
reactor.

H2 »l 5104 >

Storage jy Sl Bl >
Ea—
G201
3 —
TopH
s
c100 r 1 tank

] c200 €201
Johnson Matthe

E102
EZE Inspiring science, enhancing m:{
Technology Centre
3

Continuous Resorcinol
Hydrogenation Process

Feed
prep

tank Preliminary Process Flow
Diagram & Mass Balance
Date
Class Preliminary
J101 -
Version 2.1
Pt Drawn by | E.H. Stitt
Checked 5.D. Pollington
STREAM S001 $101 $102 $103 5104 S$105 5106 5107 S$108 $201 $202 S203 | 5204 S205 S301
Actualplant | Tnim heater | Feed to 15t | PlantH2 | HZleedto | 1streactor | ex Cooler | Istreactor |Feedto2nd| H2to2nd | Productex | HZrecycle ex | Compressed | Plant
Description Feed feed Reactor Feed 15t Reactor exit recycle reactor reactor | 2ndreactor |  2nd R/A H2recycle | Product
State L Liq Lig Lig Gas Gas Lig Liq Lig Lig Gas Lig Gas Gas Lig
Temperature (C) 2 20 492 55| 25| 80.9] 70.5] 55| 55| 55| 70.5] 71.4 714 80.9) 30
Nom_Pressure (bara) 7 T 7| 7.7 17 7 7 T 7 7.2 T T 7.7 T
Density (kg/m3) 4C 1249 1249 1249] 0.62 0.52 1249 1249 1249 1249! 0.50 1249] 0.49] 0. E 1249
Volumetric Flow (m3/hr) 0.44] 0.44) 2,63 2.63] 5.39] 12.80! 2.63) 2.6 2.19| 0.44) 7.64) 0.44) 5.85] 5.98] 0.44
[FLOW (kgihr) 545.2 545.2] 32853  9285.3] 3.3 6.7| 9288.2] 3288.2] 2740.1] _ 548.0 39| 548 3.3 3.3 1
Resorcinol CBHEO2 42 00 00 m 0| 0 00 00 0 0.0
Resorcinolsalt CBH502Na C 2210 386.7 386.7 198.9 198.9) 165.7 33.1 0. 0.0)
Sodium hydroxide NaOH 7t 1.8 1.2 712 71.2] 71.2 59.4 11.9] 11 11.9
Water H20 } 2| 3123 1874 0 18740 1874 0| 1874 0| 1561 El 3123 312 312 3]
|Hydrogen HZ 0.0 0.0, 0.0] 33 6.7 0.0 0.0 0.0 0.0] 39 0.0 33 33 0.0
|CHDsalt C6HT02Na 00 953.4 953 .4 1144.1 11441 953 4| 190.7 224.3] 224.3]

Figure 6. Preliminary Process Flowsheet Design to take full 1,3-cyclohexanedione production.

The hydrogenated liquid feed solution (5202) is introduced to the second hydrogenation reactor
(C200). The gas feed (5202) is introduced to the second hydrogenation reactor (C200). The liquid
hydrogenation products exit the reactor (5203). Any remaining gas that is not consumed (5204) is
vented or recycled according to the needs of the plant (5205). The liquid feed (S203) is cooled via a
heat exchanger (E201). The cooled liquid feed (S301) is reduced from 7 bar down to 1 bar atmospheric.
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The liquid product is treated with hydrochloric acid (which is not accounted for) which may need to
be jacketed due to heat generation from the neutralization reaction (acid and base). The product
stream is then treated to produce the desired 1,3-cyclohexanedione product. The feed to the reactor
(C200) could be preheated to near the feed section temperature by heat exchange with product
streams.

4.2. Main Plant Items

To obtain more realistic costings, the sizes and duties of the Main Plant Items (reactors, heat
exchangers, pumps, compressors) need to be identified based on the experimental data. This estimate
would be for a continuous hydrogenation of resorcinol unit producing 2,000 Metric Tons per annum
of product. Figure 7 shows how the preliminary trickle bed reactor (first hydrogenation vessel C100)
can be designed. The catalyst volume required is 2.6 m? for a reactor diameter of 0.4 m giving a bed
height of 20 m. Increasing the diameter of the reactor decreases the height of the catalyst bed but
more catalyst volume is required. Figure 8 shows the impact of superficial velocity of the relative cost
of the reactor. Increasing superficial velocity lowers the cost of the reactor and catalyst costing, which
is a positive result considering that increasing superficial velocity increases the rate of reaction
(Figure 2). Figure 9 shows the impact of superficial velocity of the polishing (second hydrogenation
reactor C200). Increasing reactor diameter means that reduced trickle bed height and superficial
velocities are required for a realistic reactor design. Operation of the polishing reactor (C200) implies
that low superficial velocities are required.

18 1.2
16
1.0
14
) o
12 08 E
o0 g
T 10 £
©
T 06 S
®n 8 i
4 S
z =
g0 0.4 g
L] —DBed Height (&)
Uy
—Catalyst Vol 0.2
2
0 | ! i ! ! ‘ 1 - 00
0.2 0.3 03 04 04 05 05 0.6 0.6

Reactor Diameter (m)

Figure 7. Primary Trickle Bed Reactor (C100) Design Options.
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Design sizing of the other main plant items required for a preliminary design costing is by simple
approximate standard design approaches. For example, the heat exchanger duties are defined by the
energy balance and the heat exchange area (the key parameter for costing purposes) can be
determined simply from Q = U.A.AT where Q is the heat exchanger duty (W), U is the overall heat
transfer coefficient (W m?2 K1), A is the heat exchanger area and AT is the logarithmic mean
temperature difference (K). Equally the sizing of the pumps can be sized by on the flow rate (defined
in the mass balance) with the required head estimated by the elevation of the delivery (the column
heights) and P = p.g.H multiplied by a suitable design margin to include account for pipeline friction
losses, where P is the delivery Pressure (N m?), p is the fluid density (kg m?), g is the gravitational
constant (9.81 m s?2) and H is the column height (m).
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Figure 9. Polishing Trickle Bed Reactor (C200) Design Options.

4.3. Preliminary Cost Estimate

The information from this experimental programme and the process flowsheet and mass balance
can be used to obtain a preliminary cost estimate for the main plant items e.g. reactor sizing, heat
exchange duty, pump and compression for a continuous hydrogenation resorcinol plant designed to
produce 1,3-cyclohexanedione for a given production rate per year. It is recommended that capital
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cost estimates be made using the Factorial Costing approach [35,65,66]. Main plant items costs can be
obtained by vendor estimates, bearing in mind the materials of construction required for the high
alkalinity feed stream. Multiple (rather then) single installation factors should be applied. Lang factor
values mid-range should be used. The plant is pretty small so some installation factors (e.g.
instrumentation, piping) are unusually high. The capital cost considerations for continuous operation
have been addressed in numerous publications [9,10,34,35,67,68]. This estimate can be used to move
from an initial screen stage to an extended evaluation [69]. An important factor is that the design is
based on a packed (fixed) trickle bed catalyst. While this is advantageous over the use of a slurry
catalyst in that the need for catalyst filtration, separation and recycle is circumvented, an important
aspect is that the trickle bed is durable enough for infrequent change out (replacement) [70]. Some
fixed bed catalyst systems have lifetimes of several years but that depends on the chemical
transformation [71].

4.4. Beyond Preliminary Design

The discussion above has presented how the data from the recycle trickle bed reactor can be
used for a plant preliminary design. If, however, plant design and specification is to progress beyond
this stage gate addition data will be required. The discussion above has highlighted that the data
volume and variety are not yet sufficient for detailed plant design. Moreover, clearly the sampling
frequency in the pseudo-1t order regime is not adequate to allow determination a reliable apparent
kinetic model.

It should be emphasized that the recycle trickle bed data alone are not sufficient. Most
importantly they give no information on chronic catalyst deactivation. Longer term testing in a micro-
trickle bed or conventional packed bed with fines is essential for this purpose. Traditional trials using
a trickle bed packed with fines may be a requirement of customer confidence and high conversion
demonstration purposes but are not essential for design purposes alone. In either of these however it
is essential also to mimic the likely temperature profiles, maybe requiring heat transfer to be built
into the test reactor design.

5. Conclusions

This investigation has shown that commercial Ni/AL:Os is a most promising candidate as a fixed
bed catalyst for resorcinol hydrogenation to 1,3-cyclohexanedione. The data obtained from the batch
recycle tests have been used to construct a process flowsheet giving information about main plant
items to generate a capital cost estimate. The utilization of a fixed (packed) bed catalyst over a slurry
catalyst is that the need for catalyst filtration, separation and recycle is circumvented. However, this
does cause loss in flexibility for multi-product production. loss of multi-product flexibility. This loss
of flexibility is a major inhibitor in terms of the take up of fixed bed reactors in the intermediate scale
chemicals manufacturing. However, it can be argued this application is for a small commercial unit
and that the flowsheet shown in Figure 6 is generic for hydrogenation reactions which demonstrate
zero order kinetics (no inhibition from reactant or product) and the equipment could be used for
similar chemical transformations utilizing the same footprint. It is important to highlight that the use
of heterogeneous catalysts in flow for fine chemical applications has relatively recently begun to be
explored [72] and that packed bed platforms are available, yet probably underutilized by the fine
chemical and pharmaceutical companies and CMO’s [34]. This is attributed to the added complexity
of developing these reactions and platforms where catalyst deactivation, adsorption variables,
complex fluid and vapour dynamics, and continuously changing state of the catalyst bed are all
parameters that can vary from reaction to reaction. However, there is extensive experience in the use
of packed bed technology which can be utilized to exploit the technology in the fine chemical sector.
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